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Recently, membrane reactor technology was used to produce high-quality biodiesel because of its advantage of
simultaneous transesterification and separation. As the transesterification reaction involves two immiscible phases of
methanol (MeOH) and oil (TG), a thorough investigation on the membrane reactor for biodiesel production with the
consideration of chemical phase equilibrium (CPE) via modeling analysis, was conducted in this study. A mathematical
model was developed based on the modified Maxwell-Stefan model with the incorporation of CPE. The formation of TG rich
micelles dispersed in the continuous phase of MeOH was the most important hypothesis in the model development. The
preliminary experiment results show that the permeate compositions from the membrane reactor were closely related to
CPE of the system, which was highly depending on the MeOH to TG molar ratio. TG free permeate can only be obtained if
the continuous phase of MeOH was free from TG and the TG rich micelles were retained by the membrane. The model
verification further confirmed the formation of micelles dispersed in the continuous MeOH phase within the feed side of the
membrane reactor and the model was able to predict the performance of the membrane reactor for biodiesel production at
an acceptable accuracy. VVC 2012 American Institute of Chemical Engineers AIChE J, 59: 258–271, 2013
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Introduction

Biodiesel attracted tremendous attention during the past
decade as a renewable and environmental friendly fuel due to
its clean-burning character with fewer emissions of carbon
monoxide, sulfur compounds, particulate matter and unburned
hydrocarbons. The most common commercial way to produce
biodiesel is by transesterification, which refers to a catalyzed
chemical reaction between alcohol and triglyceride (TG) to
yield fatty acid ester (FAE) and glycerol where the alkali-cat-
alyzed transesterification is more commercially preferred.1

The major technical challenge in biodiesel production is
the heterogeneity of the system, causing a mass-transfer lim-

ited transesterification.2,3 One of the approaches to overcome
this problem is to create a homogeneous reaction mixture by
using a cosolvent4,5 or supercritical methanol,6 which is
costly. In addition, the unreacted materials retained in the
biodiesel product and the reversible nature of transesterifica-
tion caused the needs of further purification to meet the
stringent standard of commercial biodiesel, which requires
high purity. The ASTM D 6751 standard for biodiesel allows
only 0.24% of total glycerol in the final product, implying
that high-reaction conversion of 99.7% is required to meet
the stated purity.7 Alternatively, multiple washing steps of
the product stream are usually employed to separate and
purify the biodiesel, which cause a waste treatment problem.

Recently, two-phase membrane reactor technology for
simultaneous transesterification and separation to produce
high-quality biodiesel has received attention to overcome the
aforementioned problems.1,7,8,9 The continuous separation of
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byproducts from the reaction mixture in the membrane reac-
tor promotes transesterification to form biodiesel at higher
rates.10 Therefore, the idea of using the membrane reactor is
to remove the FAE, glycerol, methanol and catalyst from
TG simultaneously so that the reaction will shift toward the
favorable path. To achieve successful operation of the mem-
brane reactor, a pseudo homogeneous reaction to achieve
high conversion and heterogeneous separation to obtain high
purity of biodiesel, which is free from TG, must be obtained.
The results obtained by several researchers show an incon-
sistency for the existence of bonded glycerides in the perme-
ate stream.7,10 The inconsistency of the results obtained is
due to the heterogeneity of the reacting mixture in the feed
side of the membrane reactor which can be explained by the
chemical phase equilibrium (CPE) of the system. Hence, the
knowledge of chemical phase behavior of the multicompo-
nent system in biodiesel production is very important to
achieve the optimum and consistent performance.

Cheng et al.9 shows that liquid-liquid equilibrium (LLE)
is the key factor to ensure the desired separations are
achieved. The results showed that TG-free permeate stream
with high-permeation rate was achieved when the feed bulk
composition of TG-FAE-alcohol was controlled within the
two-phase zone of the system. Although the LLE for TG-
FAE-alcohol has been investigated by Cheng et al.9 the
investigation on ternary phase equilibrium alone without
considering the reaction cum phase equilibrium was inad-
equate to define the six-component biodiesel production sys-
tem. In addition, the effects of transesterification reaction
with changing compositions within the CPE cause the sys-
tem to be more complicated and difficult to be controlled
within the desired composition/phase zone.

Unfortunately, mathematical models suitable for multi-
component liquid-liquid two-phase membrane reactor for
biodiesel production are not available. Modeling a two-phase
membrane reactor for biodiesel production is very important
to describe, investigate and optimize the simultaneous trans-
esterification and separation efficiencies. Therefore, the ulti-
mate goal in this study is to conduct a thorough investigation
for the first time on the membrane reactor for biodiesel pro-
duction with the consideration of LLE or to be more pre-
cisely, CPE via modeling analysis.

This research was conducted with three parts. The first
part focused on the hypothesis and mathematical model de-
velopment based on the modified Maxwell-Stefan model
with the incorporation of CPE. The basic phenomenon of
transesterification reaction which permits the simultaneous
reaction and separation in the membrane reactor was care-
fully outlined to form the hypothesis, framework and bound-
ary for model development. It was then followed by model
development which consisted of the consideration of CPE
effects at the feed side of the membrane, intramembrane and
gel polarization layer mass transports.

In the second part of this study, a preliminary experimen-
tal analysis was conducted to investigate the effects of CPE
on the membrane separation efficiency by isolating the
effects of reaction by using a batch reactor to obtain a con-
stant equilibrated mixture for membrane separation. The pre-
liminary experimental results were then used to validate the
basis and hypothesis of the model proposed besides high-
lighting the importance of modeling analysis in this study. In
the final part of the study, the model was solved by using
regression with the experimental data obtained from the pre-
liminary experiment. The model was validated by comparing
the simulated results with the experimental results based on
the coefficients of determination (R2) value.

Basis of the Membrane Reactor for Biodiesel
Production

Membrane reactor is a devise used for carrying out a reaction
and a membrane-based separation simultaneously in the same
physical enclosure.7 In this study, a membrane reactor using
ultrafiltration to produce biodiesel at high purity from canola oil
via alkali-catalyzed methanolysis was considered for the devel-
opment of the mass-transport model. The main component of
biodiesel in this case, fatty acid methyl ester (FAME) was the
product of transesterification of lipids (TG) by using straight-
chain alcohol (methanol or MeOH) which was catalyzed by so-
dium hydroxide (NaOH). Transesterification of TG consists of
three reaction steps, which are depicted in Figure 1.11

The basis of the membrane reactor operation for biodiesel
production can be explained with the aid of Figure 2. The
membrane reactor is operated in an isothermal condition
controlled at the temperature near to the boiling point of
MeOH (e.g., 333 K) and it has a cross flow velocity ut
adequate for mixing. As the MeOH and TG are immiscible,
the mixture in phase equilibrium will form a biphasic system
with MeOH rich phase (polar phase) and TG rich phase
(nonpolar phase).10 To ensure a pseudo-homogeneous reac-
tion and heterogeneous separation, efficient mixing is needed
to form an emulsion (1) to promote mass transfer between
MeOH rich phase and TG rich phase for effective reaction,
and (2) to obtain oil droplets/micelles of TG rich phase so
that TG can be retained in the retentate side of the mem-
brane reactor due to their bigger particle size than the mem-
brane pore size. The formation of monoglyceride (MG) and

Figure 1. Elementary reaction scheme for the transes-
terification of TG.

Figure 2. Transesterification of Canola oil using tubular
membrane reactor.
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diglyceride (DG), which are the surfactants, is also important
to promote the formation of emulsion.

The formation of emulsion with dispersed oil droplets/
micelles in the continuous MeOH rich phase will allow effi-
cient transesterification at the surface of the oil droplets sus-
pended in the MeOH.1 Both the products of transesterification,
namely, FAME or biodiesel and glycerol (Gly) are then dif-
fused from the oil droplets and dissolved in the MeOH rich
phase. This is the physical characteristic which permits the
membrane reactor to separate FAME from TG. The FAME/
MeOH/Gly/NaOH phase will then pass through the membrane
into the permeate stream.1 In an ideal condition, the permeate
stream of FAME/MeOH/Gly/NaOH will form a single phase
at 333 K as a clear, amber and homogeneous solution. The
permeate will de-phase immediately into a biphasic system
which consists of FAME rich phase and Gly rich phase when
it is cooled to room temperature.7 However, at certain occa-
sions, trace amount of DG and MG will permeate through the
membrane pores. Even so, MG is unstable and will be transes-
terified to FAME rapidly with this of MeOH and NaOH in the
permeate stream. Thus, this could be the most reasonable ex-
planation on only trace amount of DG, but neither TG nor MG
can be found in the permeate stream.7 The permeation of DG
into the permeate stream could be attributed by:

1. Residue in the hydrophobic oil droplets/micelles,
where the oil droplets/micelles could have particle size
smaller than the membrane pore size.

2. Solubilized in the continuous FAME - MeOH rich
phase.

Model Development

Consider a membrane reactor which is continuously fed
with a mixture of MeOH and TG with alkali-catalyst
(NaOH). The MeOH:TG ratio at the feed side is controlled
so that MeOH becomes the continuous phase, and transester-
ification occurs at the surface of oil droplets formed due to
efficient mixing. Once the transesterification occurs, the
FAME/Gly/NaOH solubilized in MeOH rich phase with
trace amount of TG, DG and MG will permeate through the
membrane as shown in Figure 3. The MG will further react
to form FAME in the permeate stream. As the oil droplets
are too large to pass through the membrane pores, they will
be retained on the membrane wall forming a polarized layer,
which poses the major mass transfer limitation for permea-
tion. Thus, the permeation of mobile phase of FAME -
MeOH rich phase is governed by its equilibrium with the
TG rich phase at the membrane interface instead of the
membrane material itself. This is the first assumption made
for the transport of a biphasic system through a membrane
and is illustrated in Figure 3. The components are then taken
as the concentrations, CI

i in the mobile FAME - MeOH rich
phase, whereas the TG rich phase is considered as a single
component dispersed as micelles in the FAME - MeOH rich
phase. By defining the FAME - MeOH rich phase as Phase I
and TG rich phase as Phase II, the components i in Phase I
written in terms of concentrations in the membrane reactor
consist of MeOH, FAME, Gly, TG, MG, DG and oil drop-
lets/micelles, in which the superscript I, shows the solute
concentrations are taken at Phase I. Similarly, the Phase II
will also consist of MeOH, FAME, Gly, TG, MG and DG,
which can be written in terms of concentrations as CII

i and
the summation of these concentrations will lead to the oil
droplets/micelles concentration CI

Micelle. The superscript II

shows the solute concentrations of Phase II. Therefore, the
membrane reactor involves multicomponent separations by
assuming the alkali-catalyst to be negligible. As excess of
MeOH is used to ensure the MeOH becomes the continuous
phase, MeOH is regarded as solvent and other components
are regarded as solute.

Intramembrane mass transport for two-phase liquid
system

For a system in which no body forces (e.g., gravity, elec-
trical) are present, the one-dimensional (1-D) transport in a
membrane by considering cylindrical pores can be described
by Maxwell-Stefan equation as12

xi
RT

rT;Plþ CiVi

CtRT
rP ¼

Xn
j¼1

xiNj � xjNi

CtDij
� 1

Bo
jiUiui (1)

The term x is the mole fraction, R is the gas constant, T is
temperature, !T,Pl is the chemical potential gradient, C is the
molar concentration, V is the specific molar volume, !P is the
pressure gradient, N is the solute flux, D is the Maxwell-Stefan
diffusion coefficient, Bo is the permeability parameter, j is frac-
tional viscosity coefficient, U is the volume fraction, and u is
the velocity. Both subscripts and indicate for individual solute
condition, whereas t indicates total solute conditions.

The first term denotes the driving force due to chemical
potential gradient, assuming interactions only occur in the
solution itself at constant temperature and pressure. The
pressure effects created when the solute molecules collide
with the wall of the pore are not taken into account as the
permeation of liquids for which the mean free path is much
smaller than the pore diameter. The second term denotes the
driving force due to the hydrodynamic pressure gradient
developed within the membrane layer. This term is derived
by the introduction of the membrane as a separate compo-
nent and the ‘‘clamping’’ force to keep the membrane in
place.12

Figure 3. Schematic diagram of membrane reactor for
biodiesel production.
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By looking at the feed side of the membrane reactor, the
components are considered in equilibrium with MeOH and
TG rich phases. Thus, for the system consists of n solutes in
a solvent, as i ¼ 1, 2, 3…..n and i ¼ 1 for TG rich micelles,
the 1-D transport in membrane as in the Maxwell-Stefan
equation (Eq. 1) describing the fluxes per unit membrane
area in Fickian form, which takes into the consideration of
membrane porosity, e and tortuosity, s can be written as12

N ¼ � S½ � @C
@z

þ uv Kv½ �C (2)

The superscript I, is omitted in Eq. 2 since all the solute con-
centrations are taken with the reference of Phase I. uv is the vol-
ume-averaged velocity (or volumetric flux), and z is the distance
coordinate perpendicular to the membrane surface (see Figure
3). The convective friction matrix [Kv], can be taken as

Kv½ � ¼ G½ ��1 F½ � (3)

where the convective part [F], and generalized friction
matrices [G], are represented as

F½ �ij ¼
s
e
dij

ðCtÞ
2ViVn

Bo
jn þ

1

Din

 !

G½ �ij ¼
s
e
B½ �ijþ

s
e

dij
jiCtVi

Bo
� CtUi

Bo
jjVj � jiVi

� �� �

B½ �ii ¼
1

Ct

Ui

ViDin

þ
Xn
k¼1
k 6¼i

Uk

VkDik

2
64

3
75

B½ �ij ¼ � Ui

ViCt

1

Dij
� 1

Din

� �
; i 6¼ j

(4)

where dij is the Kronecker delta. The value of ji in the
generalized friction matrix [G], and convective part matrix [F]
for multicomponent system can be approximated to steric
exclusion coefficient as13

ji ¼ 1 � dsolute

dpore

� �2

(5)

with dsolute and dpore as solute and pore diameter, respectively.

The average droplets/micelles size of dsolute can be estimated

from simplified correlation equations based of two-dimension-

less (2-D) parameters.14,15 The Bo is estimated by assuming

cylindrical pore of radius rpore
16

Bo ¼
r2

pore

8
(6)

In Eq. 2, the volume-averaged velocity uv can be calculated as17

uv ¼ LPDPflow ¼ LP DPtotal � rDPð Þ (7)

The driving force term DPflow ¼ DPtotal � r DP is the ra-
tio of volume-averaged velocity, uv to hydraulic permeability
constant Lp.

12 DPtotal is the total pressure difference of the
system or trans membrane pressure, DP is the osmostic
pressure difference across the membrane, dependant on the
concentrations on both sides, and r is the osmostic reflection

coefficient. The osmostic pressure difference across the
membrane DP, is given as12,17

DP ¼ RT
Xn
i¼1

1

Vi

ln cdpol;i þ lnCdpol;i
� lnCdpol;t

� �

� 1

Vi

ln cp;i þ lnCp;i � lnCp;t

� � (8)

where

cdpol;i ¼
�cIIdpol ;i; i ¼ 1

cIdpol ;i; i 6¼ 1

(
; cp;i ¼

�cIIp;i; i ¼ 1

cIp;i; i 6¼ 1

(

(9)

The subscripts dpol and p show the conditions are taken at
the polarization-membrane interface and the permeate side.
The symbol c shows the average activity coefficient.

The binary Maxwell-Stefan diffusion coefficient, Dij in a
multicomponent system, is given by Taylor and Krishna18

Dij ¼ Do
ij

� �ð1þxj�xiÞ=2

Do
ji

� �ð1þxi�xjÞ=2

(10)

where the term Dij
� is the infinite dilution diffusion

coefficient of species which is infinitely diluted in species
j. The Wilke and Chang equation can be used to predict the
Dij

� values as18

Do
ij ¼ 1:173 � 10�16 UjMj

� �1=2
T

gjV
0:6
i

(11)

The term Mj is molar mass of solvent j, g is viscosity and Uj

is association factor for the solvent (1.9 for methanol and 1.0
for other unassociated solvents). Vi is molar volume of solute i
at its normal boiling point, which is given by M and density q

V ¼ M

q
(12)

In Eq. 2, the Fickian matrix inside the membrane, [S] has
to be modified in term of thermodynamic factor when two-
phase system is concerned. The chemical potential gradient
for a solute i at isothermal condition is given as19

@Tli ¼ RT @ ln ðaiÞ þ Vi@P (13)

The subscript T, shows an isothermal operation, and a is
the activity term. Let us consider n solutes system which
forms an equilibrium ‘‘homogeneous’’ condition with Phase
I. The chemical potential gradient due to the pressure effects
can be neglected, whereas the chemical potential gradient
due to the concentrations and the effects of LLE must be
considered. Thus, the chemical potential gradient with LLE
consideration can be written as

@T;Pli ¼
RT @ ln �aIIi

� �
;

RT @ ln aIi
� �

;

	
i ¼ 1

i 6¼ 1
(14)

The symbol and are the average activity term in Phase II
and activity term in Phase I, respectively.
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Therefore, the chemical potential gradient of solute i in
multicomponent system where solute-solute interactions are
considered can be taken as12

rT;Pli ¼
Xn�1

j¼1

@Ai

@Cj

rT;PCj where Ai ¼
RT@ ln �aIIi

� �
;

RT@ ln aIi
� �

;

	
i ¼ 1

i 6¼ 1

(15)

For the activity term, we may write12

ln ai ¼
ln �cIIi þ lnCi � lnCt;
ln cIi þ lnCi � lnCt;

	
i ¼ 1

i 6¼ 1
(16)

where cIi is the activity coefficient of the solute in Phase I. For
total concentration, we may write

Ct ¼
Xn�1

j¼1

Cj þ 1 �
Xn�1

j¼1

CjVj

 !
=Vn (17)

and, thus

@Ct

@Cj
¼ 1 �

Vj

Vn

(18)

By combining Eqs. 15–18, the first term of Eq. 1 can now
be written as

Ci

RT
rT;Pli ¼

Ci

Pn�1

j¼1

@ ln �cIIi
@CI

j

þ dij � 1 � Vj

Vn

� �� �
rT;PCj; i ¼ 1

Ci

Pn�1

j¼1

@ ln cIi
@CI

j

þ dij � 1 � Vj

Vn

� �� �
rT;PCj; i 6¼ 1

8>>><
>>>:

(19)

and, thus, the thermodynamic factor matrix [Cc] can be written
as12

CC½ �ij¼
dij þ Ci

@ ln �cIIi
@Cj

� Ci

Ct
1 � Vj

Vn

� �
; i ¼ 1

dij þ Ci
@ ln cIi
@C

j
� Ci

Ct
1 � Vj

Vn

� �
; i 6¼ 1

8>><
>>: (20)

The Fickian matrix inside the membrane with the consid-
eration of LLE effects, is finally represented as

S½ � ¼ G½ ��1 Cc½ � (21)

The boundary conditions of Eq. 2 are represented as

z ¼ 0; ðCiÞ ¼
Keq


 �m� ��1
Cdpol

; i ¼ 1

Keq


 �II� ��1

Cdpol
; i 6¼ 1

8><
>:

z ¼ Lm; Nm
i ¼ uvCp;i; Ci

� �
¼ Keq


 �m
Cp;i

� � (22)

in which Cdpol and Cp,i are the polarization-membrane interface
and permeate concentrations, respectively. [Keq] is the
equilibrium matrix with superscript m and II denote for
membrane and Phase II, respectively and is given as

Keq


 �
ij
¼ dij Keq;i (23)

Polarization layer transport for two-phase liquid system
applied to a tubular membrane

For 1-D transport in the polarization layer, the Fickian-
type equations for the flux per unit area of the membrane in
concentration terms with two-phase system are18

N ¼ D½ � þ D½ �turb

� 
 @C
@z

þ uvC (24)

The Fickian molecular diffusion matrix, [D] is given by

D½ � ¼ B½ �ð Þ�1 Cc½ � (25)

and the turbulence diffusivity matrix, [D]turb is given as

D½ �turb ¼ Dturb I½ � (26)

For the turbulence Fickian diffusivity coefficient Dturb, the
turbulence Schmidt number, Scturb is assumed to be near
unity12

Scturb ¼ mturb

Dturb

� 1 (27)

By definition, the turbulent kinematic viscosity, mturb for
most situations is given as

mturb

m
¼ 1

@uþ=@yþ
� 1 (28)

and the dimensionless variables are defined as

yþ ¼ yu�=m

u� ¼ uth i
ffiffiffiffiffiffiffi
f=2

p
uþ ¼ u=u�

(29)

The term y is the distance from surface in boundary layer
(dtube/2 � z) with dtube is the diameter of the tube yþ, is the
dimensionless value of y, v is the kinematic viscosity, u* is
the modified velocity, uþ is the dimensionless velocity, and
u is the velocity along the boundary layer. The term f is the
Fanning friction factor defined by

DPtotal ¼ 4f
1

2
q uth i2 Ltube

dtube

� �
(30)

where q is the total mass concentration, and Ltube is the length
of the tube. The bulk velocity along the membrane, can be
calculated as

uth i ¼ QF

ntube
p
4
d2

tube

(31)

in which QF is the volume feed flow rate, and ntube is the
number of tubes per membrane module.

For Schmidt number, Sc near unity, the values of yþ can
be taken as 0 \ yþ \ 5. The vturb can be correlated from
Eqs. 27–30 as18
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mturb

m
¼ Cvieth

f

2

� �3=2

yþð Þ3
(32)

Cvieth ¼ 2

9
p
ffiffiffi
3

p� �3

¼ 1:768 (33)

The boundary conditions for Eq. 24 are given as

z ¼ 0; ðCdpol;iÞ ¼
Keq


 �m
Cm;i; i ¼ 1

Keq


 �II
Cm;i; i 6¼ 1

(

z ¼ �dpol; C�dpol;i ¼ Cb;i

(34)

The subscripts �dpol, m and b show the solute concentra-
tions at bulk-polarization interface, inside the membrane and
at bulk condition. The thickness of boundary layer dpol, can
be determined by the Sieder and Tate correlation of Sher-
wood number Sh, Reynold number, Re and Schmidt number,
Sc in a tubular ultrafiltration module as20

Sh ¼ 0:0027Re0:8Sc0:33 (35)

Sh ¼ k dtube

D
(36)

Re ¼ q uth idtube

_g
(37)

Sc ¼ _g

qD
(38)

where D is the Fickian diffusion coefficient and _g is the
dynamic viscosity of the mixture. Once the mass-transfer
coefficient, k is calculated from Eq. 36, the value of dpol can be
obtained as17

k ¼ D

dpol
(39)

Phase inversion

The membrane reactor will encounter failure in operation
during the event of phase inversion if the TG becomes the
continuous phase. The pores of the membrane could be
plugged or no separation of the FAME from TG depending
on the condition of the phase. The point of phase inversion
in a two-phase system can be expressed as21

UMeOH

UTG
¼ 1:22

goMeOH

goTG

� �0:29

(40)

If the values for the viscosities of pure MeOH, gMeOH
� and

TG, gTG� at 333 K are substituted into the equation, the vol-
ume fraction of MeOH, UMeOH to TG, UTG ratio is calculated
as 0.44. Thus, the MeOH to TG ratio should be maintained at
UMeOH/UTG [ 0.44 to avoid phase inversion, which forms the
most important process limitation to the membrane reactor.

Bulk concentrations at the feed side of the membrane
reactor via chemical phase equilibrium (CPE)
calculations

To obtain the bulk concentrations at the feed side of the
membrane, CI

b which consists of MeOH, FAME, Gly, TG,

MG, DG and oil droplets/micelles as shown in Figure 3, the
CPE as a result of transesterification need to be obtained.
The transesterification reaction or any other reaction systems
should satisfy22

Xn
i¼1

bijSi ¼ 0; j ¼ 1; 2; ::::;m (41)

where i and j are the component and reaction indices,
respectively; b is the stoichiometric coefficient where it is
defined to have positive values for products and negative
values for reactants, and S is the chemical species. The
reaction equilibrium constants, Kj are then defined by

Yn
i¼1

cIIi x
II
i

� �bij ¼
Yn
i¼1

cIi x
I
i

� �bij ¼ Kj (42)

The values may be determined as23

Kj ¼ exp
�DGo

j

RT

� �
(43)

where

DGo
j ¼

Xn
i¼1

bijG
o
i (44)

The Gi
� is the standard Gibbs free energy of formation.

The material balances for multiple reactions are then given
as

Fout;i ¼ Fin;i þ
Xm
j¼1

bijnj; i ¼ 1; 2; ::::; n (45)

F and n are defined as the amount of the species and the
extent of reaction, respectively. The subscripts out and in
represent for final and initial, respectively.

The condition of CPE can be represented by flash equa-
tions as

zi ¼
Fout;iPn
i¼1 Fout;i

(46)

zi ¼ a xIi þ 1 � að Þ xIIi (47)

xIi ¼ kix
II
i ¼ cIIi

cIi
xIIi (48)

Xn
i¼1

xIi ¼
Xn
i¼1

xIIi ¼ 1 (49)

where the symbol z is mole fraction in total system including
both phases, a is the mole fraction of Phase I in the system,
and k is the phase equilibrium ratio.

Model Solution

Chemical phase equilibrium (CPE) calculations

Equations 42–49 can be solved once the values of n, DGj
�

and c are known. The values of and can be calculated from
the reaction kinetics data of transesterification by taking the
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TG as the limiting reactant and the forward and reverse reac-
tions follow the second-order overall kinetics.8 The c may
be estimated by using group distributions method based on
UNIversal QUAsiChemical (UNIQUAC) thermodynamic
model18,24,25 with the aid from ChemCAD process flow
sheet simulator. Once these values are known, Eqs. 45-49
can be solved for xIi and xIIi . The calculated xIi and xIIi values
are then being substituted into Eq. 42. The iterations repeat
until Eq. 42 is satisfied.

Membrane transport calculations

Once the bulk concentrations of CI
b;i obtained from the

CPE calculation as shown in the section bulk concentra-
tions at the feed side of the membrane reactor via chemical
phase equilibrium (CPE) calculations are known, the trans-
port equations of polarization layer and intramembrane fil-
tration can be solved by means of numerical procedure.
Because of the two-phase system (polarization layer and
membrane) including a surface of discontinuity (phase
interface), the numerical procedure requires continuity
equations at appropriate boundary conditions. The equations
of continuity expressed in terms of the concentration of
component i (assuming no chemical reaction), take the
form12

@ Cð Þ
@t

¼ � @ Nð Þ
@z

; for the polarization layer (50)

@ Cð Þ
@t

¼ � @ N0ð Þ
@z

; for the intra�membrane (51)

Since the procedure is iterative, the initial estimate of the
rejection of each solute, RI

i and uv are required. The initial
guess of RI

i can be estimated by assuming Poiseuille flow in
the pores as26

RI
i ¼ 1 �

CI
p;i

CI
b;i

¼ 1 � 2 1 � rsolute

rpore

� �2

þ 1 � rsolute

rpore

� �4

(52)

where rpore is the pore radius. The initial guess of uv can be
estimated from Eq. 7. Using the calculated values of the solute
concentrations at the membrane-boundary layer interface (z ¼
0), the RI

i and uv are then calculated. The calculations of RI
i and

uv will be terminated when the error between the initial guess
and the calculated values are less than 5%.

Preliminary Experimental Analysis

This study investigated the effects of CPE on the separa-
tion efficiency of a membrane reactor at the preliminary
stage to illustrate the importance of detailed modeling analy-
sis. The transesterification experiment was first conducted in

a batch reactor at difference catalyst concentrations and
MeOH to TG molar ratios. The product in the reactor was
then subjected to membrane separation at a constant temper-
ature of 333 K, which was identical with the reaction tem-
perature. In the real membrane reactor operation, the reac-
tion and separation occurred simultaneously, which involved
a dynamic change in the reaction and CPE at the feed side
of the membrane reactor. This dynamic change was difficult
to be measured experimentally. Therefore, to study the
effects of CPE on the membrane separation, the reaction was
isolated from the membrane separation by using a batch re-
actor. This allowed a constant equilibrated composition and
phase at the feed side of the membrane reactor during the
separation process. The detailed experimental procedures are
illustrated in the following section.

Materials and Methods

Materials

The canola oil was purchased from Taiwan NJC Corp.
Glycerin, monolein, diolein, triolein, butanetriol, tricaprin,
methyl oleate, sodium hydroxide pellets and hydrochloric
acid were supplied by Sigma-Aldrich Co. Methanol and n-
heptane was of HPLC grade.

Batch reactor experiment

The transesterification of canola oil was performed in a 1
L batch reactor. The reaction temperature was controlled at
333 � 0.2 K and agitation were provided by a stirrer con-
trolled at a constant stirring speed of 100 rpm. A predeter-
mined amount of canola oil was added to the reactor and
heated to the desired temperature. The methanolic NaOH
was then added to the base of the reactor carefully without
agitation to prevent evaporation of the MeOH. The agitation
was initialized, and the reaction was deemed to have started.
The reaction was considered complete after 1 h of residence
time and 12N hydrochloric acid was added to quench the
reaction. Immediately, a sample was taken for concentration
measurements of the total system. Subsequently, the product
in the reactor was allowed to settle and separate into two
phases at a constant temperature of 333 K. The volumes of
both phases were measured, and samples from both phases
were taken for concentration measurements. The errors
involved in the system operation were calculated in term of
overall mass balance analysis based on the measured concen-
trations and were maintained at \5%. Three experimental
runs were carried out with different catalyst concentrations:
0.05, 0.1, 0.5 wt % based on TG at constant MeOH to TG
molar ratio of 12:1. Three other experimental runs were car-
ried out with different MeOH to TG molar ratios: 6:1, 18:1
and 24:1 at constant catalyst concentration of 0.1 wt %. All
experimental runs summarized as in Table 1 were conducted

Table 1. Experimental Results of Canola Oil Transesterification in a Batch Reactor at the Temperature of 333 K

#
Catalyst

conc (wt%).
MeOH to TG

molar ratio

Conversion

(%)

Mixture composition (% wt)

MeOH FAME Gly TG DG MG

1 0.05 12:01 95.68 20.82 72.01 0.79 4.32 1.17 0.88
2 0.1 12:01 99.00 20.57 72.95 3.77 2.18 0.10 0.43
3 0.5 12:01 �100 18.39 76.09 5.46 ND ND 0.06
4 0.1 06:01 87.89 4.09 75.98 2.20 12.11 1.55 4.07
5 0.1 18:01 97.56 23.02 71.38 1.80 2.44 0.54 0.82
6 0.1 24:01 91.16 21.43 61.09 5.52 8.84 2.20 0.92
7* – – – 5.00 75.00 – 20.00 – –

*Synthetic mixture of ternary system of MeOH-FAME-TG
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in triplicate with the standard deviations maintained below
�3%.

Membrane filtration experiment

The remaining portion of the reaction product was sub-
jected to the ultrafiltration system as shown in Figure 4. A fil-

tanium ceramic tubular membrane (TAMI, Nyons, France),

which was made of titanium oxide was employed in the

experiments. The membrane module had a molecular weights

cut off (MWCO) of 300 kDa with a monolith configuration.

The feed solution in a 0.0025m3 thermostatic water bathed

feed tank was circulated by using the 75211-30 digital gear

pump (Cole-Parmer Instrument Co., USA) through the mem-

brane module. The circulation flow rate was maintained at

0.018m3/s with a constant pressure of 0.8 � 105kPa by the

gear pump, whereas the permeate flux was obtained by meas-

uring the time to collect a certain weight of fluid using the

A&D electric balance (Tokyo, Japan). The feed flow rate and

the transmembrane pressure were monitored and adjusted by

flow control valves and the downstream gas vacuum pump

(Tokyo, Japan). The operational variables were kept constant

during the experiment, and the experiments were carried out

by recycling only the retentate stream at 333 K so that the

mobile phase (Phase I) and micelle (Phase II) can be col-

lected in the permeate and feed tank, respectively at the end

of the experiment. Each experimental run was conducted for

3,600 s and averaged flux data were collected. Permeate and

retentate samples were taken at the end of the experiment for

composition’s analysis. After each run, the membrane was

regenerated by using alkali-acid solution following the proce-

dure recommended by the manufacturer. All the filtration

experiments were conducted in triplicate with the standard

deviations maintained below �3%.

Analysis

The concentration measurements of each component were
carried out by using gas chromatography (Agilent 6890N)
with a flame ionization detector (FID) employing a DB-5HT
capillary column (J&W Scientific) of 15 m length, 0.00032
m ID, 0.1 � 10�6 m film thickness with 5% phenyl and
95% methyl according to ASTM-D6584. A deactivated fused
silica tubing (3 m � 0.00032 m) coated with syanophenyl-
methyl was used as the precolumn. Data collection and anal-
ysis were performed using Agilent Chemstation software,

whereas 1,2,4-Butanetriol and tricaprin were used as the in-
ternal standard 1 and 2, respectively. A stock solution of n-
heptane was added to the vial after the sample was silylated
with N-methyl-N-trimethylsilyltrifluoracetamide (MSTFA).
Samples were prepared by adding 4 mg of the samples to 20
� 10�6m3 septa vials and one microliter was injected into
the column. The calibration curves were generated by using
the following standards: oleic acid (FAME), 1-monoolein
(MG), 1,3-diolein (DG) and triolein (TG). The concentra-
tions of the component in the sample were determined by
the areas under the peaks in the chromatograms and the cali-
bration curves.

Results and Discussion

Preliminary experimental analysis

The transesterification of canola oil in a batch reactor was
conducted based on the operating conditions as shown in Ta-
ble 1 (runs 1–6). On the other hand, to investigate the effect of
a homogeneous system on the membrane separation effi-
ciency, run 7 as shown in Table 1 was also incorporated into
the study. In run 7, the transesterification experiment was not
conducted but a synthetic mixture of MeOH-FAME-TG was
used. The mixture composition was determined (as shown in
Table 1) in a way that homogeneous mixture was obtained.
The results as shown in Table 1 clearly demonstrate that the
conversion of TG increased as the catalyst concentration
increased which resulted in a higher FAME composition in the
reaction mixtures. However, the conversion of TG decreased
with the increase of MeOH to TG molar ratio from 12:1 to
24:1 at a constant catalyst concentration of 0.1 wt %. These
observations were expected and in agreement with the
observed trend of many researchers.1,11,27 The results in Table
1 further confirmed that appropriate catalyst dosage and
MeOH to TG molar ratio are needed to shift the reaction to the
favorable path. However, it is important to note that for the
MeOH to TG molar ratio of 12:1, 18:1 and 24:1, the MeOH
phase became the continuous phase with lower viscosity.
When the MeOH to TG molar ratio was reduced to 6:1, phase
inversion occurred as the volume fraction of MeOH to TG ra-
tio was less than 0.44. At this point, the TG phase of higher
viscosity became the continuous phase whereas the MeOH
phase became the dispersed phase (micelles).

For all the experimental runs of 1–6, the reaction mixture
involved a heterogeneous system in which the mixtures

Figure 4. Schematic diagram for membrane system used for the biodiesel system.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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equilibrated into two liquid phases at a constant temperature
of 333 K. The upper and lower phase compositions corre-
sponding to each experimental run are shown in Figure 5.
Although the upper phase consisted of a small amount of
TG, DG and MG in all the experimental runs depending on
the condition of CPE, the FAME concentrations were low as
higher fraction of the FAME was solubilized in the lower

phase, which contained higher TG, DG and MG concentra-
tions at 333 K. In most of the experimental runs with MeOH
to TG molar ratio of 12:1 and higher (especially runs 1, 3, 5
and 6), the TG in the upper phase was at negligible amounts
as its concentrations were lower than the detectable limit of
the gas chromatography (Agilent 6890N). The experimental
run 4 with the MeOH to TG molar ratio of 6:1 consisted of

Figure 5. Upper and lower phase (CPE experiment) as well as permeate and retentate (membrane separation)
compositions for run 1 (a), run 2 (b), run 3 (c), run 4 (d), run 5 (e), and run 6 (f).

Experimental conditions: varying catalyst concentrations of 0.05 wt % (run 1), 0.1 wt % (run 2) and 0.5 wt % (run 3) at constant

MeOH to TG ratio of 12:1 for CPE; varyingMeOH to TG ratio of 6:1 (run 4), 18:1 (run 5) and 24:1 (run 6) at constant catalyst

concentrations of 0.1 wt % for CPE; constant trans-membrane pressure of 0.8 � 105kPa at constant circulation rate of 0.018m3/s

for membrane separation. [Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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the highest amount of TG in the upper phase (1.54%). This
observation clearly demonstrates that the effects of CPE
which were highly depending on the MeOH to TG molar ra-
tio needed to be controlled carefully if the TG free upper
phase was desired. This also signifies that if the membrane
separation efficiency is highly depending on the formation of
micelles, the TG free permeate can only be obtained when
the CPE is controlled in such a way that the continuous
phase must be free from TG, and the micelles should be
large enough to be rejected by the membrane.

Figure 5 shows that the permeate stream and retentate
compositions were closely related to the upper and lower
phase compositions, respectively. This further confirmed the
role of CPE and the formation of micelles in determining
the separation efficiency of the membrane reactor. For the
experimental runs of 1–3, the compositions of permeate and
retentate closely followed the trend of the upper and lower
phase compositions within a certain range of deviation as
shown in Table 2. The deviation of compositions between
the permeate stream and upper phase depicts that there was
a small amount of micelles permeated through the membrane
pores.

Furthermore, the average permeate flow rate undergone a
drastic decrease from 1 � 10�6 m3/s in run 1 to 0.45 �
10�6 m3/s in run 2 as the catalyst concentration increased
from 0.05 wt % to 0.1 wt %. The average permeate flow
rate faced a further slight decrease to 0.35 mL/s when the
catalyst concentration of 0.5 wt % (run 3) was used (not
shown in any figure). This indicates that the ultra-low cata-
lyst concentration should be recommended in the membrane
reactor for biodiesel production to achieve a higher permea-
tion flux. It is also worth highlighting that at ultra-low cata-
lyst concentration of run 1, permeate stream and retentate
compositions closely followed the upper and lower phase
compositions, respectively as shown in Figure 5a with ac-
ceptable deviations (Table 2). This indicates that a high-
rejection efficiency of micelles was achieved in run 1. The
TG concentration in the permeate stream was also found to
be negligible due to the negligible TG concentration in the
corresponding upper phase. This result further supported the
works done by Tremblay et al.27 which recommended that
ultra-low catalyst should be used.

Figure 5 shows that permeate and retentate compositions
would only follow the upper and lower phase compositions
if the MeOH to TG molar ratio was properly controlled due
to the effects of CPE. As shown in Figure 5d of experimen-
tal run 4 and Table 2, permeate and retentate compositions
deviated significantly from the upper and lower phase com-
positions, respectively. However, it is very interesting to find
that the permeate composition was confirming with the trend

of lower phase composition, whereas the retentate composi-
tion was following the upper phase composition. This obser-
vation depicts that the MeOH to TG molar ratio of 6:1 led
to the TG phase to become the continuous phase due to
phase inversion. As a result, the lower phase permeated
through the pores of the membrane to give the highest TG
concentration (12.86%) in the permeate stream among all the
experimental runs. This also further confirmed that the for-
mation of TG-rich micelles was crucial to ensure the quality
of the permeate stream.

Figure 5e and f and Table 2 exhibit that permeate and
retentate compositions closely followed the upper and lower
phase composition within acceptable deviations, respectively.
By comparing the percentage of deviation between runs 2, 5
and 6 as shown in Table 2, majority of the deviations
between permeate and upper phase as well as retentate and
lower phase decreased when the MeOH to TG ratio
increased from 12:1 to 24:1. This shows that a higher rejec-
tion of micelles was achieved during the separation at high
MeOH to TG molar ratio. The higher amount of MeOH led
to a higher mobility of the continuous phase with lower vis-
cosity during the permeation. At the meantime, the micelles
concentration was also lower resulting in a higher rejection
of micelles.

Many researchers1,8,9,27,28 claimed that membrane reactor
is an advanced technology to produce high purity of FAME
which is free of bonded glycerides. In contradiction, other
researcher7 has proven that traces of DGs were detected
when FAME concentration was above 25–35 wt %, but nei-
ther TG nor MG were found in the permeate stream. In
another study,9 significant TG was found in the permeate
stream depending on the composition of the feed mixture.
The inconsistent results obtained from all the aforementioned
studies counter verified the results obtained in this study.
The experimental results obtained in run 4 (Figure 5(d)) and
run 7 (Figure 6) of this study clearly show that there were

Table 2. Percentage of Deviation of Permeate from Upper
Phase and Retentate from Lower Phase

Run

% of deviation of

permeate from

upper phase

% of deviation of

retentate from

lower phase

MEOH FAME Gly MEOH FAME Gly

1 0.52 0.00 18.75 0.00 0.00 0.00
2 5.54 16.67 20.55 33.17 6.67 14.61
3 2.84 10.61 11.10 74.00 8.19 0.00
4 93.67 83.54 99.23 973 47.16 18720
5 3.50 6.38 33.71 40.00 7.48 0.00
6 1.77 7.51 14.70 14.71 1.39 0.00

Figure 6. Feed mixture as well as permeate and reten-
tate (membrane separation) compositions for
run 7.

Experimental conditions: homogeneous feed mixture

with the composition of 5 wt % MeOH, 75 wt % FAME

and 20 wt % TG at constant trans-membrane pressure

of 0.8 � 105kPa with constant circulation rate of

0.018m3/s for membrane separation. [Color figure can be

viewed in the online issue, which is available at wiley-

onlinelibrary.com.]
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significant amount of glycerides (TG, DG and MG) in the
permeate streams when phase inversion occurred or homoge-
neous reacting mixture was used. As shown in Figure 6, no
separation was observed for experimental run 7 because per-
meate, retentate, and feed mixture compositions were identi-
cal due to the homogeneous state at the feed side of the
membrane reactor. The observed results obtained in this
study validated the significant of CPE and the knowledge of
thermodynamic in ensuring the separation in a membrane re-
actor. The formation of micelles, whereas allowing the con-
tinuous phase to flow around them, whereas permeating
through the membrane during simultaneous reaction and sep-
aration forms the most important requirement for efficient
performance. The heterogeneity of the two liquid phases in
the feed side of the membrane reactor needs to be controlled
precisely to achieve the desired reaction and separation, and
this can only be investigated through the modeling analysis.

Figure 7 shows that the average permeate flux increased
with the increase of MeOH to TG molar ratio as the mobility
of the permeating upper phase increased due to the increase
of MeOH composition. The experimental run 4 with the
MeOH to TG molar ratio of 6:1 achieved the lowest permea-
tion flux due to the event of pore plugging by viscous TG-
rich phase as the continuous phase. However, the permeation
flux showed a significant increase as the MeOH to TG molar
ratio increased from 18:1 (run 5) to 24:1 (run 6). This phe-
nomenon shows the significant role of MeOH as the solvent
in the continuous phase to carry the transesterification prod-
ucts across the membrane efficiently at minimal fouling due
to the reduced viscosity. During the membrane separation of
the homogeneous system in experimental run 7, the permea-
tion flux increased 2.2 times higher than the permeation flux
of run 6. As no separation occurred in experimental run 7, all
components passed through the pores at higher permeation
flux. These observations confirmed the findings of Cheng
et al.9 which highlighted the importance of LLE in influencing
the permeation flux, and the permeate compositions.

Another important issue for the successful operation of the
membrane reactor is the significant amount of FAME in the
retentate stream as shown in Figure 5. Retentate is often being
circulated back into the feed side of the membrane reactor due

to its close loop operation.27,28,29 This implies that if the
FAME accumulates in the feed side of the membrane reactor,
the increasing concentration of FAME will lead to a homoge-
neous condition which will not favor efficient reaction and sep-
aration besides facing the loss of the desired products. Never-
theless, experimental analysis on the feed side of the membrane
reactor is unable to fully describe the reaction and separation
behavior of the membrane reactor due to the close loop opera-
tion which is highly dynamic. As such, modeling analysis by
using the mathematical model proposed in this study is indeed
very important to investigate the behavior of membrane reactor
for biodiesel production based on the fundamental of CPE,
thermodynamic and multicomponent separations.

Model verification

The mathematical model developed in this study was veri-
fied by using the experimental data obtained from the pre-
liminary experimental analysis. The model parameters deter-
mined based on the regression with the data obtained from
membrane filtration experiment as described in the section
membrane filtration experiment are shown in Table 3. The
regression was done by minimizing the errors between the
simulated values with the experimental values using the
genetic algorithm as the optimization tool. The model calcu-
lation was initiated by the input of operating parameters and
constants as well as initial guess of the solute rejections, and
volumetric flux, due to the iterative procedure. The value of
the only fitting parameter in the model regression, the equi-
librium constant for membrane, was obtained once the errors
were within 5%.

The estimated value of Lp as shown in Table 3 was higher
than its typical value as reported in the literature.30,31 This
observation was expected as MEOH is less viscous than
water, and, thus, the MEOH will permeate easily through the
membrane than the pure water. As a result, the Rm value
measured shows a lower value in an order of magnitude as
compared to the literature values.30,31 The values are highly
depending on the cross-flow velocity, of the system and the
values found were reasonable as compared to the reported
values.30,31 The 1 ¼ 1 gave the best convergence in this
study and similar observation was also found by Kerkhof.12

The KII
eq (as defined in Eqs. 22 and 34) values for TG, DG

and MG were high as compared to other solutes. This obser-
vation indicates that the components of TG, DG and MG
were more soluble in the lower phase (Phase II), and this
phenomenon was further confirmed by Figure 5 in which
most of the TG, DG and MG were found in the lower phase
(Phase II). The Km

eq (as defined in Eqs. 22 and 23) values for
all the component were within the acceptable range as
reported in the literature.12 The value Km

eq of 0.69 was

Figure 7. Effects of MeOH to TG molar ratio on perme-
ate flow rate. Experimental conditions: vary-
ing MeOH to TG molar ratio at constant
trans-membrane pressure of 0.8 3 105kPa
with constant circulation rate of 0.018m3/s
for membrane separation.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Table 3. Model Parameters used for Membrane Reactor
Simulation

Parameters Values

Lp 3.2807 x 10-9 m/s.Pa
r 1
Rm 6.7889 x 1011 m-1

ut 0.0017 m/s
k** 9.74 x 10-9 to 1.67 x 10-8 m/s

i 1 2 3 4 5 6

KII
eq NA* 0.7613 6.4705 1220 600.4636 21.0390

Km
eq 0.6785 0.5321 0.7631 1.2995 0.2561 0.1446
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obtained for the transport of PEG-3400 in an ultrafiltration
system with tubular module.12 The slight deviation of the
Km
eq values with the literature can be explained by the differ-

ent solute, solvent and membrane type involved. The low

values of found in this study explained the insolubility of the
solutes in the membrane matrix.

The comparison of the experimental data and the model
simulated data is shown in Figure 8 and Table 4. Figure 8a–
c show permeate concentration of components Gly, FAME,
TG, DG and MG at constant catalyst concentration of 0.1 wt
% with different MeOH to TG ratio of 12:1 (run 2), 18:1
(run 5), and 24:1 (run 6), respectively. A good agreement
between the experimental and simulated data was found in
all the experimental runs with the coefficient of determina-
tion, R2 of � 1.0000 for the runs 2, 5 and 6 in Figure 8. The
comparison between the experimental flux and the predicted
flux as shown in Table 4 also indicates a good agreement
with the percentage of error which was less that 5#. The
good match between the model simulated results and the
experimental results shows that the model can be used to
accurately predict and investigate the performance of the
membrane reactor for transesterification to produce biodiesel.

Conclusion

In this study, the mathematical model based on the modified
Stefan-Maxwell model with the incorporation of the effects of
CPE and thermodynamic suitable for biodiesel production
using the membrane reactor was successfully developed and
validated for the first time. The formation of micelles in the
emulsion due to the heterogeneity of the reaction mixture and
the presence of surfactants were the basis for the successful
operation of a membrane reactor. Thus, the model was devel-
oped based on the assumption that under a controlled MeOH
to TG molar ratio at the feed side of the membrane reactor,
the MeOH-rich phase becomes the continuous phase, and
transesterification occurs at the surface of micelles/oil droplets
(TG-rich phase) formed due to efficient mixing. The continu-
ous phase will then permeate through the membrane.

The preliminary experimental analysis confirmed the
above assumption as efficient separation to produce permeate
stream, which is free from bonded glycerides can only be
achieved by maintaining the heterogeneity of the reacting
mixtures at the correct MeOH to TG molar ratio. In addition,
permeate compositions were closely related to the CPE of
the system which emphasized the need of incorporating the
CPE and thermodynamic effects into the modeling analysis.
The preliminary experimental analysis also addressed the im-
portance of modeling analysis to investigate the reactions
and separations efficiency of the membrane reactor as well
as the dynamic behavior of the close loop operation.

The model was successfully validated by using the experi-
mental data obtained from the membrane filtration experiment
with high-prediction capability. The model parameters also coun-
ter verify that the high solubility of TG, DG and MG in the
lower phase (Phase II) were required to achieve bonded glycer-
ides free permeate. Therefore, the model can be used for further
detailed investigation on the performance of the membrane reac-
tor for canola oil transesterification in biodiesel production.

Figure 8. Mathematic model validation for canola oil
transesterification reaction mixture as the
feedstock (a) run 2, (b) run 5 and (c) run 6 at
constant trans-membrane pressure of 0.8 3
105kPa and constant circulation rate of
0.018m3/s for membrane separation.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Table 4. The Experimental Rlux and Predicted Flux of the
Membrane Reactor used in this Study

Experimental
Run

Experimental
Flux (m/s)

Predicted
Flux (m/s)

Percentage
of error (%)

2 1.33 x 10-04 1.32 x 10-04 0.13
5 2.07 x 10-04 2.00 x 10-04 3.42
6 4.56 x 10-04 4.57 x 10-04 0.12
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Notation

a ¼ activity term
a ¼ average activity term
Bo ¼ permeability parameter
C ¼ molar concentration
Ca ¼ capillary number

Cacrit ¼ critical capillary number
D ¼ Maxwell-Stefan diffusion coefficient
D ¼ Fickian diffusion coefficient
Do ¼ infinite dilution diffusion coefficient

[D] ¼ Fickian molecular diffusion matrix
[D]turb ¼ turbulence diffusivity matrix
Dpore ¼ pore diameter
Dsolute ¼ solute diameter
Dtube ¼ diameter of the tube

F ¼ amount of the species
[F] ¼ convective part matrix
G ¼ standard Gibbs free energy of formation

[G] ¼ generalized friction matrix
K ¼ reaction equilibrium constants

[Keq] ¼ equilibrium matrix
[Kv] ¼ convective friction matrix

k ¼ phase equilibrium ratio
k ¼ mass-transfer coefficient
k ¼ constant valid for almost all substances and has a value of

2.1 � 10�7

Lm ¼ membrane thickness
Lp ¼ hydraulic permeability constant

Ltube ¼ length the tube
N ¼ solute flux
n ¼ number of solutes

ntube ¼ number of tubes per membrane module
Mj ¼ molar mass of solvent

!P ¼ pressure gradient
DPflow ¼ driving force term
DPtotal ¼ total pressure difference of the system or trans membrane

pressure
QF ¼ volume feed flow rate
R ¼ gas constant
R ¼ rejection
Re ¼ Reynolds number

rMiscelles ¼ radius of the undeformed droplet
rpore ¼ pore radius

S ¼ chemical species
Sc ¼ Schmidt number

Scturb ¼ turbulence Schmidt number
Sh ¼ Sherwood number
[S] ¼ Fickian matrix inside the membrane
T ¼ temperature
Tc ¼ critical temperature of that substance i
u ¼ velocity along the boundary layer
ut ¼ cross-flow velocity
uv ¼ volume-averaged velocity (or volumetric flux)
u* ¼ modified velocity
uþ ¼ dimensionless velocity
huti ¼ bulk velocity along the membrane
V ¼ molar volume
V ¼ specific molar volume
x ¼ mole fraction
y ¼ distance from surface in boundary layer

yþ ¼ dimensionless value of
z ¼ distance coordinate perpendicular to the membrane surface
z ¼ mole fraction in total system

Greek letters

c ¼ activity coefficient
c ¼ average activity coefficient
_c ¼ shear rate
r ¼ osmostic reflection coefficient

_r ¼ interfacial tension between the two fluids
_r ¼ surface tension for a substance
m ¼ kinematic viscosity

mturb ¼ turbulent kinematic viscosity
q ¼ density
q ¼ total mass concentration
g ¼ viscosity
gd ¼ droplet fluid viscosity
gc ¼ continuous phase viscosity
_g ¼ dynamic viscosity of the mixture
U ¼ volume fraction
Uj ¼ association factor for the solvent
dij ¼ Kronecker delta

dpol ¼ thickness of boundary layer
!T,P l ¼ chemical potential gradient

j ¼ fractional viscosity coefficient
e ¼ membrane porosity
s ¼ membrane tortuosity
f ¼ fanning friction factor
a ¼ mole fraction of Phase I in the system
n ¼ extent of reaction
k ¼ viscosity ratio
b ¼ stoichiometric coefficient

DP ¼ osmostic pressure difference across the membrane
Cc ¼ thermodynamic factor

Subscripts

b ¼ bulk condition
in ¼ initial
i, j ¼ individual component/solute
j ¼ reaction indices
m ¼ inside the membrane

out ¼ final
p ¼ permeate
t ¼ total

DG ¼ diglyceride
FAME ¼ fatty acid methyl ester

Gly ¼ glycerol
MEOH ¼ methanol

MG ¼ monoglyceride
TG ¼ triglyceride

Superscripts

I ¼ phase I
II ¼ phase II
m ¼ membrane

Matrix notation

[ ] ¼ square matrix
[ ]�1 ¼ inverted matrix

() ¼ component vector

Literature Cited
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Appendix A

The differentiation of with respect to molar concentration
in the elements of the thermodynamic matrix, [Cc] which is

valid for Wilson, NRTL and UNIQUAC thermodynamic
models is given as18

@ ln ci
@ Cj

¼ 1

Ct
Qc;ij � Qc;in

� �
(A1)

The dimensionless excess Gibbs energy, Qc,ij for UNI-
QUAC model is given as

Qc;ij ¼ Qc
c;ij þ Qr

c;ij (A2)

where

Qc
c;ij ¼ � ri

r
� rj

r
þ rirj

r2

� �
v� z

2
q

rj
r
� qj

q

� �
ri
r
� qi

q

� �

Qr
c;ij ¼ qiqj 1 � eij � eji þ

Xn
k¼1

hkeikejk

 !
=q

(A3)

The coordination number, term z is 10, qi is relative sur-
face area of pure component i and ri is relative volume of
pure component i. The term Qc,ij is symmetric and other var-
iables are given as:

r ¼
Xn
i¼1

xiri (A4)

q ¼
Xn
i¼1

xiqi (A5)

v ¼
Xn
j¼1

xj (A6)

hi ¼
xiqi
q

(A7)

sij ¼ exp � aij
RT

h i
(A8)

Si ¼
Xn
j¼1

hjsji (A9)

eik ¼
sik
Sk

(A10)

The sij is UNIQUAC empirical parameter, whereby sii ¼
1and aij is binary interaction energy parameter estimated
from experimental data.

Manuscript received July 14, 2011, revision received Jan. 27, 2012, and final
revision received Mar. 23, 2012.

AIChE Journal January 2013 Vol. 59, No. 1 Published on behalf of the AIChE DOI 10.1002/aic 271


